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bstract

Liquid dispersion in an external-loop airlift slurry reactor was experimentally studied. The effects of the superficial gas velocity, concentration
f fine particle, flowing resistance, and liquid level in the gas–liquid separator on the liquid dispersion coefficient were investigated. A liquid
ispersion model was proposed based on Taylor dispersion equation to predict the liquid dispersion coefficient. According to this model, the
ispersion coefficient and the combination factor u2 ε have a linear relationship. Validation of the liquid dispersion model together with the
L L

ydrodynamic model in our previous work was made by comparing the experimental and predicted results. The good agreement showed that the
odels could predict the liquid dispersion coefficient and the hydrodynamic behaviors of an airlift slurry reactor in a wide range of operating

onditions with a satisfactory accuracy.
2007 Elsevier B.V. All rights reserved.
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. Introduction

External-loop airlift reactors are widely used in chemi-
al, petrochemical, biochemical, and environmental processes.
owever, their design and scale-up are usually empirical due to

he complexity of multiphase hydrodynamics, mixing and mass
ransfer behaviors. Mixing property of the airlift reactor is one of
he most important design parameters (Fields & Slater, [1,25]).
ood mixing is essential for some processes to enhance the

hemical reaction rate, and decrease the side reaction caused
y non-uniform profiles of concentration or temperature. The
ixing behavior is also crucial for reactor scale-up and optimal

peration.
In an airlift reactor, the gas phase exists as bubbles and its

elocity is high so that the mixing of the gas phase is usually
egligible and simplified as a plug flow [2]. Therefore, most
tudies on the mixing behavior focused on the liquid phase.
he mixing of the liquid phase is mainly induced by turbu-
ence, bubble rising and bubble wake. It was reported that the
iquid concentration could be assumed uniform in the radial
irection because the radial dispersion coefficients were much
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arger than the axial dispersion coefficients [3,4]. So this work
ocused on the axial dispersion neglecting the radial dispersion.
o describe the liquid mixing, the dispersion coefficient, Peclet
umber, and mixing time were used in the literature [5]. The
ixing time was used widely [6,7], but different definitions
ere used and caused difficulties of comparing the results by
ifferent investigators. The dispersion coefficient has a clear
efinition and was used to describe the liquid mixing behav-
or in this work. Some models based on the relation between
he liquid dispersion coefficient and the operating conditions
ave been proposed in the literature, but most of them were
imited in the gas–liquid system. Furthermore, the published

odels did not take into account the flowing resistance in an
irlift reactor. In addition, several models on dispersion coef-
cient were proposed in the literature [8–10]. However, these
odes were just presented in a general but complicated form,

ot for a specific system such as external-loop airlift slurry
eactors.

In this work, the liquid dispersion in an external-loop air-
ift slurry reactor was experimentally studied. The effects of the
uperficial gas velocity, concentration of fine particles, flow-

ng resistance, and liquid level in gas–liquid separator on the
iquid dispersion coefficient were investigated. A liquid disper-
ion model was proposed based on Taylor dispersion equation
o predict the liquid dispersion coefficient and validated by the

mailto:wangtf@flotu.org
dx.doi.org/10.1016/j.cej.2007.08.027
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Nomenclature

C tracer concentration (mol/L)
D axial dispersion coefficient (m2/s)
UL average liquid velocity (m/s)
uL local liquid velocity (m/s)
u0 liquid velocity in the center of reactor (m/s)
Ug superficial gas velocity (m/s)
η dimensionless radial distance (= r/R)
vt turbulent viscosity coefficient (m2/s)
g gravity acceleration (m2/s)
H height (m)
P pressure (Pa)
α degree of angle between the valve and the vertical
d column diameter (m)
s cross-section of the riser/downer (m2)
ε phase holdup
n exponent constant
ρ density (kg/m3)
κ friction coefficient

Subscripts
b bottom
t top of the riser
d downcomer
r riser
g gas
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L liquid
s solid

xperimental data. The liquid dispersion model and the hydrody-
amic models proposed in our previous work [11] were validated
nd good agreements were achieved.

. Experimental

The schematic diagram of the experimental setup is shown in
ig. 1. The external-loop airlift reactor was made of Plexiglas.
t included three main parts: the riser with an inner diameter of
00 mm and a height of 3200 mm, the downcomer with an inner
iameter of 100 mm, and a gas–liquid separator with an inner
iameter of 280 mm.

The gas distributor at the bottom of the riser was a perforated
late with orifice diameter 1 mm and free area of 0.25%. Air,
ater, and FCC catalyst were used as the gas, liquid and solid
hases, respectively. The average diameter and density of the
olid particles are 60 �m and 2177 kg/m3, respectively. The total
olume of the liquid–solid slurry phase was kept 71 L at the
eginning. The average solid concentration (εs) in this paper
as defined as the volume fraction of the solid particle in the

iquid–solid slurry. The average solid concentration (εs) can be

alculated at the beginning directly. In order to study the effect
f the flowing resistance on the flow behavior, a butterfly valve
as installed in the downcomer. Different flowing resistance was

ealized by regulating the valve opening. The flowing resistance

i
p
a
T

Fig. 1. The schematic diagram of the experimental apparatus.

as expressed as the valve opening angle α (α = 0 means full
pening).

The gas holdup in the riser was measured with the manomet-
ic technique [12]. The tracer input-response technique was used
o measure the liquid circulation velocity and the liquid axial
ispersion coefficient. The KCl solution used as the tracer was
njected into the reactor, and the response signal of the conduc-
ivity was sampled with an A/D card and stored in a computer.

ith the assumption that the tracer concentration C is uniform
n the radial direction, the mass balance of the dispersed plug
ow gives:

∂C

∂t
+ UL

∂C

∂x
= DL

∂2C

∂x2 (1)

here DL is the axial dispersion coefficient and UL is the fluid
xial velocity. Then the least-squares method was used to obtain
he liquid circulation velocity and dispersion coefficient. The

ethods were described in detail in the previous paper [1].

. Dispersion coefficient model

The Taylor dispersion model was proposed in the early stud-

es [8,9]. In these studies, dispersion in a single-phase turbulent
ipe flow was studied experimentally and theoretically. Vial et
l. [13,14] used the mixing length model by analogy with the
aylor dispersion model to describe the liquid dispersion in
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n external-loop airlift reactor and obtained reasonable results.
herefore, the Taylor dispersion model was also employed
s a basis in the present study. Taylor [8] proposed an axial
ispersion model based on the turbulence theory as follows [10]:

L = −2R2
∫ 1

0

(1 − εg)

νt
(uL − UL)η dη

×
∫ η

1

dη

η

∫ η

0
(uL − UL)η dη (2)

here uL is the local liquid velocity at different radial positions,
= r/R the dimensionless radial distance, UL the cross-sectional

veraged axial liquid velocity, 1 − εg = εLs the solid–liquid
oldup, and νt is the turbulent viscosity. For the gas–liquid–solid
hree-phase slurry system, several works showed that particles
ith typical particle sizes smaller than 100 �m are uniformly

uspended in both the axial and radial directions in a slurry
ystem under conditions of low solid concentrations [15,16].
he liquid and solid are treated as a pseudo homogeneous
uspension here at low to medium solid concentrations, and
iquid holdup (εL) takes the value of the solid–liquid holdup
εLs) in the following for the sake of simplicity.

The turbulent viscosity and liquid holdup in the radial direc-
ion can be considered as constant [17], because the radial profile
f the gas holdup (εg, εL + εg = 1) is relatively uniform in an
xternal-loop airlift reactor [18] and the gas holdup is much
maller than the liquids–solid holdup. Hence, the axial disper-
ion coefficient at radial position r is given by:

L = 2R2 εL

νt

∫ 1

0
(uL − UL)η dη

∫ 1

η

dη

η

∫ η

0
(uL − UL)η dη

(3)

Then Eq. (3) can be transformed into:

L = 2R2 εL

νt

∫ 1

0

dη

η

∫ η

0
(uL − UL)η dη

∫ η

0
(uL − UL)η dη

(4)

The radial profile of the liquid velocity was correlated as
19,20]:

L = u0(1 − ηn) (5)

here u0 is the liquid velocity in the center, n is empirical
onstant, dependent on both operating conditions and reactor
tructure parameters. Thus, the cross-sectional average liquid
elocity is:

L = u02
∫ 1

0
η(1 − ηn) dη (6)

The relationship between the center-line liquid velocity and

verage liquid velocity is:

0 = UL
n + 2

n
(7)

v
b
p
7
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Hence,

L − UL = (u0 − UL) − u0η
n (8)

The integration in Eq. (4) can be calculated as:
η

0
(uL − UL)η dη =

∫ η

0
((u0 − UL) − u0η

n)η dη (9)

η

0
(uL − UL)η dη = u0 − UL

2
η2 − u0

n + 2
ηn+2 (10)

Substituting Eq. (10) into Eq. (4) yields:

L = R2 εL

νt

∫ 1

0

(
(u0 − UL)2

4
η3 − u0(u0 − UL)

n + 2
ηn+3

+ (u0)2

(n + 2)2 η2n+3

)
dη (11)

q. (11) can be reduced as:

L = R2 εL

νt

(
(u0 − UL)2

16
− u0(u0 − UL)

(n + 2)(n + 4)
+ (u0)2

2(n + 2)3

)

(12)

ubstituting Eq. (7) into Eq. (12) leads to:

L = R2U2
L
εL

νt

(
1

4n2 − 2

n2(n + 4)
+ 1

2n2(n + 2)

)
(13)

s a result, the axial dispersion coefficient can be expressed as:

L = R2

4νt(n + 4)(n + 2)
U2

LεL ≈ kU2
LεL (14)

Generally, n decreased with an increase in the superficial
as velocity. In contrast, the turbulent viscosity coefficient vt
ncreased with an increase in the superficial gas velocity. So
= R2/(4vt(n + 4)(n + 2)) is approximately constant in a cer-

ain range of conditions. The dispersion coefficient and the
ombination factor u2

LεL have a linear relationship which can be
alidated by experiments, the relationship can be used to esti-
ate the dispersion coefficient conveniently if the radial profile

f the liquid velocity is given.
The value of k can be estimated from literatures [13,20–22].

rom Fig. 2 in the literature [20], n had values of 2.37 and 1.99 in
reactor of 0.089 m in diameter when the superficial gas veloc-

ty was 0.96 and 8.4 cm/s, respectively. In a reactor of 0.14 m in
iameter, n had values of 1.85 and 1.59 at superficial gas veloc-
ty of 0.96 and 8.4 cm/s, respectively. In a reactor of 0.23 m, n
ad values of 2.02 and 1.91 at superficial gas velocity of 1.6 and
.2 cm/s, respectively [21]. In a reactor of 0.15 m, n had values
f 1.98 and 1.67 at superficial gas velocity of 2.3 and 11.7 cm/s,
espectively [13]. It can be seen that n decreased slightly with the
uperficial velocity increasing. Unfortunately, the radial profiles
f liquid velocity were not measured when the superficial gas

elocity was from 5 to 35 cm/s and the reactor diameter is 0.1 m,
ut from the above discussions, the average value of n in the
resent study can be approximately assigned as 1.5. From Figs.
and 8 in the literature [22], it could be seen that the turbulent
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ig. 2. Effect of the superficial gas velocity on the liquid circulation velocity at
ifferent solid holdups.

iscosity νt almost kept constant when the superficial gas veloc-
ty changed from 5 to 35 cm/s, but had great dependence upon the
ubble column diameter 2R. According to the results reported
y Ueyama and Miyauchi [22], the turbulent viscosity νt in
he present study can be assigned 0.0006 m2/s (Ug = 5–35 cm/s,
R = 0.1 m). So k = R2/(4vt(n + 4)(n + 2)) is approximately
onstant in a certain range of conditions, and should has a value
f about 0.055, with R = 0.05 m, νt = 0.0006 m2/s and n = 1.5
rom the above discussion.

. Results and discussion

To validate the model, the relationship between the liquid dis-
ersion coefficient, circulation liquid velocity and the holdup of

he liquid–solid homogenous phase at different operating condi-
ions were studied. The effects of the solid holdup, valve opening
nd the liquid height on the liquid dispersion coefficient were
xperimentally measured.

ig. 3. Effect of the superficial gas velocity on the gas holdup at different solid
oldups.

t
d
i
t

F
fl

ig. 4. Effect of the superficial gas velocity on the liquid dispersion coefficient
t different solid holdups.

The effects of the superficial gas velocity and solid holdup on
he liquid circulation velocity, gas holdup and liquid dispersion
oefficient were shown in Figs. 2–4, respectively. The liquid
elocity, gas holdup and liquid dispersion coefficient increased
onotonically with an increase in the superficial gas velocity,

ut decreased with an increase in the solid holdup. Li et al.
23] also found that the liquid dispersion coefficient increased
ith increasing superficial gas and liquid velocities. However,

hey did not consider the effect of the solid holdup on the liquid
ispersion. In our experiments, the decrease of the liquid dis-
ersion coefficient with increasing solid holdup was caused by
he decrease of liquid circulation velocity with increasing solid
oldup, which in turn decreased the turbulent intensity and liquid
ispersion.

The effects of the superficial gas velocity and flowing resis-

ance on the liquid circulation velocity, gas holdup and liquid
ispersion coefficient were shown in Figs. 5–7. The gas holdup
ncreased monotonically with an increase in the flowing resis-
ance, but the liquid circulation velocity and liquid dispersion

ig. 5. Effect of the superficial gas velocity on the gas holdup with different
owing resistance.
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Fig. 8. Effect of the liquid level in the gas–liquid separator on the gas holdup.
ig. 6. Effect of the superficial gas velocity on the liquid circulation velocity
ith different flowing resistance.

oefficient decreased with increasing flowing resistance. Gener-
lly speaking, the liquid dispersion coefficient is dependent on
he gas holdup and liquid circulation velocity. When the flowing
esistance increased, the liquid circulation velocity decreased
nd the gas holdup increased, both tend to decrease the liquid
ispersion coefficient.

The effects of the superficial gas velocity and liquid level
n the gas–liquid separator on the liquid circulation velocity,
as holdup and liquid dispersion coefficient were shown in
igs. 8–10. It was found that the gas holdup decreased mono-

onically with the liquid level, but the liquid circulation velocity
nd liquid dispersion coefficient increased with the liquid level.
ith increasing liquid level, the flowing resistance at the top

ection decreased, which in turn increased the liquid circulation
elocity and liquid dispersion coefficient. The similar results

ere found by Lu et al. [6] in internal-loop airlift reactors.
All the liquid dispersion coefficients at different operating

onditions were shown in Figs. 11–13. The following relation-

ig. 7. Effect of the superficial gas velocity on the liquid dispersion coefficient
ith different flowing resistance.

Fig. 9. Effect of the liquid level in the gas–liquid separator on the liquid circu-
lation velocity.

Fig. 10. Effect of the liquid level in the gas–liquid separator on the liquid
dispersion coefficient.
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Fig. 11. Relationship between D and εL(UL)2 at different concentrations of fine
particles.

Fig. 12. Relationship between D and εL(UL)2 at different flowing resistance.

Fig. 13. Relationship between D and εL(UL)2 at different liquid levels in the
gas–liquid separator.
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Fig. 14. The regressive results of the liquid dispersion coefficient.

hip was obtained with the linear least-square method:

L = 0.072U2
LεL (15)

he coefficient in Eq. (15) is close to the value estimated
rom literatures, showing that the proposed model can give a
ood prediction of the liquid dispersion coefficient. Fig. 14
hows that the correlation agrees with the experimental data
atisfactorily.

The proposed model was validated by the other experimental
esults in the literature. By fitting the data given by Vial et al.
14], the correlation DL = 0.224 u2

LεL was achieved, with the
elative coefficient of 0.984, as shown in Fig. 15. The linear
elationship of u2

LεL and DL was also found.
Other methods for calculation of the mixing time and recircu-
ation liquid velocity from the tracer response were reported in
he literature [24]. However, it is the first time to propose a model
hat shows a linear relationship between the liquid dispersion
oefficient and the combination factor u2

LεL. This model shows

ig. 15. The correlation between U2
LεL and DL (data from [14], DL = 0.224

2
LεL, the relative coefficient is 0.984).
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hat the dispersion coefficient is linear with the liquid holdup,
nd quadratic with the liquid velocity. This means that the liq-
id dispersion is more dependent on the liquid velocity than the
hase holdup, which was confused in the literature, especially
hen explaining why the liquid dispersion coefficient increased
ith the superficial gas velocity.

. Model validation

In this section, the liquid dispersion model was validated
ogether with the hydrodynamic model by comparing with the
xperiment results. The hydrodynamic models for prediction of
he liquid circulation velocity and the gas holdup in an external-
oop airlift reaction model were based on the momentum and
nergy balance [11], and the final form was:

bUg ln

(
1 + ρhgH

Pt

)
= 1

2
k1

H

s
ρhU

2
L(UL + 0.4(1 + 20εs))

(16)

g = PbUg ln(1 + (ρhgH/Pt))

ρhgH(UL + 0.4(1 + 20εs))
(17)

here Pb and Pt are the pressure at the bottom and the top,
espectively, εs the solid holdup in the riser, and k1 an frictional
oefficient which can be determined with Fanning equation, Ug
he superficial gas velocity, H the reactor height, s the ratio
etween the cross-section areas of the riser and downcomer,
nd g is the acceleration of gravity. The liquid circulation veloc-
ty calculated by Eq. (16) and the gas holdup by Eq. (17) are
ubstituted into Eq. (15), and the predicted results are compared
ith the experimental data to validate the models.
The comparison of the measured and predicted liquid disper-

ion coefficients at different concentrations of fine particles is

hown in Fig. 16. The satisfactory agreement shows that Eqs.
15)–(17) can predict the dispersion coefficient and the hydro-
ynamic behavior of an airlift slurry reactor operated at different
oncentration of fine particles satisfactorily.

ig. 16. Comparison of experimental and predicted values of dispersion coeffi-
ient at different concentrations of fine particles.

c
r

F
c

ig. 17. Comparison of experimental and predicted values of dispersion coeffi-
ient with different flowing resistance.

At different flowing resistances, comparison of the measured
nd predicted liquid dispersion coefficients is shown in Fig. 17.
he agreement is satisfactory at a large valve opening. However,

he deviation is relatively large at a small vale opening. With the
alve closed, the liquid circulation velocity will become zero.
uch a case is out of the application range of the liquid dispersion
odel proposed in this work. Further study is needed to approach
unified description of the liquid dispersion both in a bubble

olumn and an airlift reactor.
Comparison of measured and predicted liquid dispersion

oefficients with different liquid levels is shown in Fig. 18. Good
greement was obtained, indicating that Eqs. (15)–(17) can give
ood predictions of the dispersion coefficient and the hydro-
ynamic behavior of an airlift slurry loop reactor operated at
ifferent liquid levels in the gas–liquid separator.
Comparison of the measured and predicted liquid dispersion
oefficients in all operating conditions is shown in Fig. 19. The
esults show that Eqs. (15)–(17) can predict the liquid disper-

ig. 18. Comparison of experimental and predicted values of dispersion coeffi-
ient at different liquid levels.
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ig. 19. Comparison of experimental and predicted values of dispersion coeffi-
ient in all operating conditions.

ion coefficients and the hydrodynamic behaviors of an airlift
lurry loop reactor in a wide range of operating conditions with
satisfactory accuracy.

. Conclusions

The effects of the superficial gas velocity, concentration of
ne particles, flowing resistance, liquid level in the gas–liquid
eparator on the liquid dispersion coefficient in an external-
oop slurry reactor were experimentally studied. A liquid
ispersion coefficient model was proposed based on Taylor
ispersion equation. The model was validated by comparing
ith the experimental results. The study leads to the following

onclusions:

1) The liquid dispersion coefficient model based on the Taylor
dispersion equation for an external-loop airlift slurry reac-
tor showed that the liquid dispersion coefficient DL was
linear with the combination factor U2

LεL. The coefficient
obtained by experiments is close to the value estimated from
literatures.

2) The liquid dispersion coefficient increase with an increase
in the superficial gas velocity, liquid velocity, or liquid
level in the gas–liquid separator, and decreased with an
increase in the concentration of fine particles or flowing
resistance.

3) The proposed liquid dispersion model together with the
hydrodynamic model was validated by comparing with the
experimental results. The good agreement shows that the
models can predict the liquid dispersion coefficient and the
hydrodynamic behaviors of an airlift slurry loop reactor
in a wide range of operating conditions with satisfactory
accuracy.
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